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HIGHLIGHTS

o High-temperature ammonia cracker achieves 87.55 % efficiency compared to 86.75 % of low-temperature cracker.
e Using PSA has a higher efficiency penalty but has the lowest LCOH of 2.81 USD/kg.

o SOFC-based system has the highest efficiency of 69.55 % and the lowest LCOE of 0.145 USD/kWh.

® Scaling up to 2000 kg/h ammonia input significantly lowers LCOH and LCOE.

e Ammonia facilitates low-cost hydrogen transport from renewable rich regions to high energy cost markets.

ARTICLE INFO ABSTRACT
Keywords: Ammonia serves as a promising hydrogen carrier and energy storage medium due to its high hydrogen content,
Ammonia ease of transport, and well-established production infrastructure. This study presents a comprehensive techno-
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economic analysis of ammonia-to-hydrogen (A2H) and ammonia-to-power (A2P) pathways, comparing
various process configurations for hydrogen production and power generation. High-temperature ammonia
crackers (600 °C) achieve a maximum energy efficiency of 87.55 % and a maximum exergy efficiency of 86.09 %,
outperforming lower-temperature crackers (450 °C), which have energy efficiencies ranging from 82.16 % to
86.75 %. Among hydrogen separation technologies, temperature swing adsorption (TSA) incurs the lowest ef-
ficiency penalty but at the highest cost, while pressure swing adsorption (PSA) is more energy-intensive but has
the lowest levelized cost of hydrogen (LCOH) at 2.81 USD/kg. In the A2P pathway, the integrated system of the
high-temperature cracker and solid oxide fuel cell (SOFC) achieves the highest efficiency of 69.55 % and the
lowest levelized cost of electricity (LCOE) at 0.145 USD/kWh, underscoring the crucial role of system efficiency
in determining LCOE. Conversely, directly combusting hydrogen in a steam Rankine cycle (SRC) results in the
lowest efficiency of 33.2 % and the highest LCOE of 0.715 USD/kWh, making it the least viable option.
Furthermore, integrating ammonia with existing energy infrastructures creates new opportunities for hydrogen
production and power generation. The results highlight ammonia’s potential as a cost-effective hydrogen carrier,
particularly in renewable-rich regions for large-scale ammonia synthesis and export to high energy cost markets.
This study offers insights into optimal strategies for deploying ammonia-based energy solutions, informing future
technological developments and policy frameworks for a hydrogen-driven future economy.

sustainability. As carbon-based fuels remain the primary energy source,
the availability and sourcing of carbon must be reassessed to ensure a
resilient energy future. Among various alternatives, hydrogen has
garnered significant attention as a clean fuel due to its high energy
density and zero direct carbon emissions [1]. However, its widespread

1. Introduction

The global dependence on fossil fuels, derived from the Earth’s
limited resources, raises concerns about long-term energy security and
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Nomenclature Qm retentate flow rate out of compartment n, (mol-sH)
qi equilibrium amount adsorbed of component i, (mol-kg™!)
Symbols T operating temperature of the bed, (K)
Appyrc ~ membrane area of PEMFC, (cm?) Tpemrc ~ Operating temperature of PEMFC, (K)
dA membrane area of the discrete compartment, (m?) Xfn i feed flow’s mole fraction of component i in the
Ey cell potential, (V) compartment n, (—)
Ejoss overpotential loss, (V) Xjn,i cross-membrane flux’s mole fraction of component i in the
Epemrc reversible overpotential of PEMFC, (V) compartment n, (—)
F Faraday constant, (C-mol ™D
- . 1 Abbreviations
Ny, hydrogen consumption rate, (mol-s™) R i
.. B2A2P  biomass-to-ammonia-to-power
Jn, i cross-membrane flux of component i in the compartment n, . :
(mol-m2s7) CCGT  combined cycle gas turbine
Joyrc  current density of PEMFG, (A-cm2) H2ICE  hydrogen internal combustion engine
. . HEN heat exchange network
ki extended Langmuir adsorption isotherm parameters, (—) . .
LCOE levelized cost of electricity
Preeq feed pressure, (Pa) .
. 2 1.1 LCOH  levelized cost of hydrogen
Per; permeance of component i, (mol-m™“-s™-pa™)
p tial ¢ t1, (bar) NPV net present value
Pl partia ItJressure 0 c((;)m)p onent1, (bar P2A2P  power-to-ammonia-to-power
permeate p crmeate pressure, a»l PEMFC proton exchange membrane fuel cell
Qr input feed flow, (mol-s™) X R
1 PSA pressure swing adsorption
Q output permeate flow, (mol-s™) ki 1
Q output retentate flow, (mol-s™) SRC steam Rankine cycle
p ’ 1 SOFC solid oxide fuel cell
Qn feed flow rate to compartment n, (mol-s™) . .
3 TSA temperature swing adsorption
Qpn permeate flow rate out of compartment n, (mol-s™)

adoption faces storage and transportation challenges, particularly its
low volumetric energy density and the need for cryogenic or high-
pressure containment systems. While many countries are investing in
renewable hydrogen production, not all regions have the geographic,
economic, or infrastructural conditions needed to efficiently produce
hydrogen from renewable sources. In this context, ammonia has
emerged as a promising alternative, offering advantages in hydrogen
storage, transport, and utilization. Additionally, cracking imported
ammonia provides access to hydrogen as a fuel or feedstock without the
need for expensive hydrogen liquefaction and transport, facilitating a
globally integrated hydrogen economy. This approach supports the en-
ergy transition by extending hydrogen supply chains beyond regions
rich in renewables, thereby enhancing energy security across industrial
and transportation sectors.

Despite its advantages, ammonia is not a direct fuel and requires
conversion through cracking or electrochemical processes to release
hydrogen for power generation technologies. A variety of ammonia-to-
power conversion technologies has been investigated, including con-
ventional systems such as combined cycle gas turbines (CCGT) and in-
ternal combustion engines (ICE), as well as emerging technologies like
solid oxide fuel cells (SOFC) and proton exchange membrane fuel cells
(PEMEFC). Each of these conversion routes offers distinct advantages and
challenges regarding efficiency, operating conditions, catalyst stability,
emissions, and techno-economic feasibility. Therefore, assessing current
research advancements, identifying existing knowledge gaps, and eval-
uating the feasibility of ammonia as a sustainable energy carrier is
crucial for its integration into a global clean energy transition.

This study aims to contribute to this understanding by thoroughly
analyzing recent advancements in ammonia-based energy conversion
technologies. It will provide a detailed assessment of efficiency, cost,
and system performance and explore key research priorities for indus-
trial applications and academic investigations. The findings will guide
strategic decisions on ammonia’s role in future energy systems and
highlight pathways for further technological development and industrial
implementation.

1.1. Ammonia cracking

Using ammonia as an energy carrier is widely discussed in terms of
technical and economic. Lan et al. conducted a techno-economic anal-
ysis comparing pathways for hydrogen-ammonia energy conversion and
integrating renewable energy into the power sector [2]. Their study
assessed pipeline transmission and High Voltage Alternating Current
transmission for hydrogen, ammonia, and hybrid hydrogen-ammonia
storage. The findings revealed that hybrid hydrogen-ammonia storage
was most economically viable, with a net present value (NPV) of 39.31
million USD and a levelized cost of electricity (LCOE) of 0.081 USD/
kWh. In contrast, ammonia-only storage had an NPV of 20.11 million
USD, while hydrogen-only storage resulted in a negative NPV due to
high storage costs. Wen et al. analyzed power-to-ammonia-to-power
(P2A2P) and biomass-to-ammonia-to-power (B2A2P) pathways for
carbon neutrality scenarios [3]. The research indicated that B2A2P
attained greater efficiencies (40-50 %) relative to P2A2P (27-47 %).
Even though B2A2P had a higher CAPEX of 603.3-675.1 million USD,
compared to 159.2-181.1 million USD in P2A2P, it offered a shorter
payback period of 6 years and a superior NPV of 415.5 million USD.
These results highlight ammonia’s potential as a fuel and energy storage
medium in renewable energy systems.

Ammonia cracking technologies have gained significant attention
because direct ammonia fuel has a lower technical readiness level.
Recent studies have focused on optimizing catalysts, integrating pro-
cesses, and improving energy efficiency to enhance ammonia decom-
position at scale, making it a viable solution for hydrogen supply chains.
Cho et al. conducted a computational fluid dynamics study to examine
scale-up challenges in ammonia cracking, focusing on thermo-fluid
stability and heat transfer efficiency [4]. Their model revealed that
non-uniform temperature distribution caused localized inefficiencies,
adversely affecting hydrogen purity. The study demonstrated that using
ruthenium (Ru) catalysts lowered activation energy, significantly
enhancing reaction kinetics. A pilot-scale system, operating at 450 °C
with Ru/La-Aly03 catalyst and Pd/Ta composite separation membranes,
achieved 99.99 % hydrogen purity and a 99 % ammonia conversion rate,
highlighting its potential for industrial-scale implementation.

While catalyst selection plays a crucial role in ammonia cracking
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efficiency, large-scale deployment hinges on techno-economic feasi-
bility, particularly regarding process integration and cost competitive-
ness. Realpe et al. examined the repurposing of methane steam
reformers for ammonia cracking with an optimized Co-Ba-Ce catalyst
[5]. Their study revealed that without heat integration, ammonia
cracking achieved an efficiency of 65.7 %, whereas incorporating
adiabatic pre-cracking and heat recovery improved the efficiency to
75.3 %. The levelized cost of hydrogen (LCOH) of centralized ammonia-
based hydrogen production was estimated at 5.50 USD/kg, with po-
tential reductions through catalyst enhancements and integrated sepa-
ration technologies. Makhloufi et al. performed a techno-economic
analysis of large-scale ammonia decomposition for high-purity
hydrogen production [6]. The ammonia-to-hydrogen plant showed a
thermal efficiency of 68.5 %, generating 200 metric tons of hydrogen per
day at 250 bar. The study indicated an LCOH of 5.65 USD/kg, with
projections suggesting a decrease to 3 USD/kg by 2040, depending on
sustained declines in renewable electricity costs and ammonia
production.

1.2. Hydrogen purification

Ammonia cracking generates a hydrogen-rich gas that contains re-
sidual ammonia, nitrogen, and other impurities. This gas requires a
purification step before usage. Pressure swing adsorption (PSA), tem-
perature swing adsorption (TSA), and membrane separation are
commonly examined separation technologies. PSA is the most estab-
lished method for hydrogen purification due to its high selectivity, cost-
effectiveness, and scalability. Park et al. evaluated a multi-bed PSA
system for hydrogen recovery, demonstrating that a four-bed PSA pro-
cess using activated carbon and zeolite achieved 99 % hydrogen purity
with a recovery rate of up to 82.6 % [7]. Their findings indicated that a
series PSA configuration, where adsorption beds operate sequentially,
provided higher hydrogen purity than parallel configurations, although
it resulted in lower productivity. Similarly, Rahimpour et al. optimized a
layered PSA system, achieving 99.99 % hydrogen purity with a 75 %
recovery rate, which could be further improved to 80 % under optimized
cycle conditions [8].

TSA offers an alternative purification method, especially suited for
ultra-pure hydrogen applications. Vo et al. developed a three-bed TSA
system using zeolite optimized through machine learning techniques
[9]. Their study demonstrated that integrating TSA with hydrogen PSA
tail gas for energy recovery significantly enhanced system performance.
It achieved low NH3 concentrations while maintaining operational costs
of 162.33 USD per ton of NH3. The energy consumption was reported at
2174.8 MJ per ton of NH3, representing only 0.98 % of the LCOH. These
results highlight TSA’s capability to produce ultra-pure hydrogen for
fuel cells, although its lower productivity remains a limitation. Fatemi
et al. conducted a comparative analysis of PSA, vacuum swing adsorp-
tion (VSA), and TSA for hydrogen purification [10]. Their findings
indicated that PSA re-pressurized with product gas achieved 99.99 %
hydrogen purity, but low recovery rates diminished its economic
viability. Conversely, TSA achieved similar hydrogen purity with mini-
mal CO contamination but required significant heating energy (45.2
MJ/kg Hy) for regeneration, which decreased overall system efficiency.
Despite its limitations, TSA remains a viable application option.

Membrane separation has emerged as a promising method for
hydrogen purification after ammonia cracking, offering high selectivity
and potential integration with fuel cell systems. Compared to the con-
ventional PSA method, membranes allow for continuous separation with
lower energy requirements. Jo et al. developed a membrane reactor
using a Pd/Ta composite membrane integrated with a Ru/La-Al,O3
catalyst, demonstrating in-situ hydrogen extraction during ammonia
decomposition [11]. Their study reported that the Pd/Ta membrane
achieved over 99.9 % hydrogen purity at 450 °C under a pressurized
ammonia feed of 6.5 bar. The membrane reactor also enhanced
ammonia conversion efficiency, reaching 99.5 % at 450 °C while
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eliminating the need for additional purification units. Similarly, Wei
et al. investigated zeolitic imidazolate framework (ZIF) membranes for
separating ammonia from hydrogen and nitrogen [12]. The membranes
achieved an ammonia permeance of 1727 GPU, indicating their poten-
tial for selective ammonia removal prior to hydrogen utilization. How-
ever, the study noted that hydrogen’s higher diffusivity posed a
challenge to separation efficiency, necessitating further optimization of
membrane materials and operating conditions.

1.3. Ammonia-based power generation

Ammonia, as a standalone fuel, has the disadvantages of toxicity,
corrosivity, low flame speed, combustion instability, and challenges
such as misfires and high emissions. To address these issues, ammonia is
converted into hydrogen to enhance combustion performance. ICE can
operate without purification, which improves efficiency and reduces
costs. Wang et al. studied ammonia/hydrogen fuel mixtures in ICE,
evaluating their combustion performance and emissions across different
inlet temperatures [13]. Their research indicated that at an inlet air
temperature of 476 K with a 30 % hydrogen blending ratio, combustion
stability was enhanced. Increasing hydrogen content improved flame
propagation speed and peak heat release rate; however, excess hydrogen
(>50 %) led to increased NOx emissions, necessitating optimized
ammonia/hydrogen blending strategies. Their findings suggest that
hydrogen/ammonia dual-fuel engines are a viable zero-carbon com-
bustion solution, provided there is precise control of mixture ratios and
inlet conditions.

Pankratov et al. [14] numerically investigated the feasibility of
integrating urea (an ammonia derivative) reforming with ICE. The
proposed system comprises a urea reformer converting urea-water so-
lution to ammonia and subsequently hydrogen, coupled with a spark-
ignition engine and auxiliary burner. Despite partial conversion due to
high energy requirements, the integrated urea reforming and ICE system
achieved an indicated efficiency of 46 %, compared to 42.5 % using
natural gas. The study emphasized urea’s advantages as a non-toxic,
transportable, and carbon-capturing energy carrier, although chal-
lenges such as carbon presence and the need for onboard reforming were
noted. The research highlights the importance of optimizing reformer
design, catalyst efficiency, and thermal management to realize urea’s
full potential as a sustainable fuel option for ICE applications.

Aside from ICE applications, ammonia has been explored as a fuel for
large-scale power plants, particularly in CCGT systems. Richard et al.
conducted a techno-economic analysis of ammonia cracking technolo-
gies for large-scale power generation applications using hydrogen/
ammonia blends in CCGT [15]. This study compared two ammonia
cracking methods: membrane reactors and conventional fired tubular
reactors. The results showed that integrating the membrane reactor
enhanced overall thermal efficiency by over 25 % and reduced LCOH by
approximately 10 %. However, the high cost of ammonia remained the
predominant factor influencing the LCOE, constituting roughly 80 % of
the total. Furthermore, the analysis highlighted critical drawbacks
associated with the widespread use of membrane reactors, particularly
the scarcity and high cost of essential materials such as palladium and
ruthenium. The authors emphasized the need for future research to focus
on alternative membrane materials and catalysts to address these
resource limitations and unlock the full potential of ammonia cracking
in decarbonizing electricity production.

Cesaro et al. analyzed the LCOE of ammonia-based power plants
[16]. The study estimated that ammonia-fueled CCGT achieves 38-42 %
efficiency while blending 70 % NHs with 30 % Hj boosts efficiency to
42-48 %. Furthermore, they found that at power plant utilization rates
below 25 %, ammonia becomes cost-competitive with other low-carbon
dispatchable technologies, including carbon capture and storage and
nuclear power. The LCOE estimates for ammonia-based power genera-
tion varied from 70 to 120 USD/MWh, depending on efficiency levels
and ammonia prices. Sanchez et al. further explored ammonia’s
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thermochemical conversion by investigating an ammonia-fueled CCGT
system with a catalytic membrane reactor for hydrogen separation [17].
Their findings showed that pre-cracking ammonia before combustion
enhanced system performance, with the optimal NH3/Hj; blending (70 %
NH3 / 30 % Hj) improving ignition characteristics and reducing NOx
emissions, which pose a significant challenge in direct ammonia com-
bustion. Their ammonia-to-power facility achieved a total efficiency of
about 40 %, primarily limited by the gas turbine’s temperature cap of
1600 °C. They estimated that the costs of producing ammonia-based
electricity range from 0.2 to 0.6 EUR/kWh, depending on renewable
electricity prices and improvements in electrolyzer efficiency.

SOFC can directly operate on ammonia, benefiting from its high-
temperature decomposition (600-1000 °C) into hydrogen and nitro-
gen. Ammonia-fed SOFCs can achieve efficiencies of up to 57 %, which is
comparable to hydrogen-fed SOFCs [18]. Mukelabai et al. investigated a
P2A2P system utilizing a reversible solid oxide cell (rSOC) integrated
with the Haber-Bosch ammonia synthesis process [19]. The results
revealed that the round-trip efficiency of the system varied from 41 % to
53 %, depending on ammonia production rates. The optimized system
attained an electricity consumption of 6.4-8.21 kWh/kg NHs, making
ammonia a feasible energy storage solution for intermittent renewable
energy. Al-Hamed and Dincer proposed an ammonia-powered SOFC
system for locomotives, incorporating onboard hydrogen production
through waste heat utilization in an SOFC-gas turbine hybrid system
[20]. Their thermodynamic analysis indicated that the system achieved
an overall energy efficiency of 61.2 % and an exergy efficiency of 66.3
%. The results indicated that ammonia-fed SOFCs represent a promising
pathway for zero-emission railway transportation, although further
optimization of waste heat utilization and reformer efficiency is
necessary.

However, low electrochemical reaction rates related to ammonia
directly restrict the achievable power densities when compared to
hydrogen-fueled SOFCs. Ammonia decomposition variation within the
SOFC can lead to inconsistent OCV, affecting overall efficiency. What’s
more, anode degradation caused by nickel nitride formation remains a
critical challenge, necessitating the pre-decomposition of ammonia
before SOFC operation [21]. Sanchez et al. assessed ammonia as a
hydrogen carrier for fuel cells, evaluating their viability for direct use
versus hydrogen extraction before application [22]. The results indi-
cated that while direct operation of fuel cells with ammonia is feasible,
the efficiency remains lower than that of using hydrogen. Specifically,
integrated ammonia cracking and SOFC configuration achieved an
overall efficiency of 40 %, while direct ammonia SOFCs were limited by
conversion losses and material degradation. The study also estimated
electricity production costs at 700 EUR/MWh for the ammonia cracking
option and 1200 EUR/MWh for direct use.

Peng et al. benchmarked an SOFC-ammonia power generation sys-
tem, emphasizing that efficiency is crucial for cost competitiveness [23].
While electrolysis-based decomposition remains at TRL 1-2 due to high
material costs and durability limitations, their study indicated that
ammonia-fueled SOFC could achieve efficiencies of up to 60 %, provided
that anode degradation is mitigated. Further advancements in direct
ammonia-fed SOFC have been explored to enhance efficiency and
address degradation issues. Elmutasim et al. reviewed both experi-
mental and computational developments, reporting that the highest
power density achieved for SOFC is at 650 °C [24]. Their study also
identified that hydrogen spillover from Ni to the Ni-YSZ interface has the
lowest activation barrier, improving reaction kinetics. Despite achieving
an efficiency of 50 %, SOFC systems continue to face performance lim-
itations due to nickel nitridation and microstructural deformation,
necessitating anode surface modifications and the development of
alternative catalysts.

PEMFC represents another viable technology for utilizing ammonia
as a hydrogen carrier. Although PEMFC requires high-purity hydrogen,
which necessitates ammonia decomposition and hydrogen separation, it
offers lower operating temperatures and faster startup times compared
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to SOFC, making it suitable for distributed and residential energy ap-
plications. Pinzén et al. conducted a simulation of an ammonia-to-power
system designed for residential use, where ammonia was first decom-
posed, followed by hydrogen separation for either PEMFC or direct
hydrogen combustion [25]. Without optimization, the system exhibited
an efficiency of 36 %, but integrating a heat exchanger network
increased efficiency to 46 %, demonstrating the potential for process
enhancements. Their economic analysis further highlighted that pro-
ducing hydrogen from ammonia (0.54 USD/kg) was significantly
cheaper than storing pure hydrogen (14.95 USD/kg), reinforcing am-
monia’s feasibility as part of a circular hydrogen economy. The study
emphasized the importance of waste heat recovery and advanced sep-
aration techniques in maximizing efficiency.

The viability of ammonia as an energy carrier goes beyond individual
conversion technologies to include broader system-level comparisons
between conventional combustion-based methods and non-
conventional fuel cell-based approaches. Mucci et al. conducted a
model-based evaluation of ammonia energy storage systems, comparing
three power-to-ammonia and ammonia-to-power pathways: (i)
ammonia thermal decomposition with fuel cell conversion, (ii) ammonia
decomposition via auto-thermal reforming, and (iii) ammonia direct
combustion in combined power cycles. Their findings demonstrated that
roundtrip efficiency ranged from 30 % to 34 %, with the fuel cell-based
system being the most efficient [26]. The LCOE varied between 0.28 and
0.31 EUR/kWh, assuming a renewable electricity purchase price of 0.03
EUR/kWh.

1.4. Gaps and contributions

Ammonia has emerged as a promising energy carrier, particularly
because of its ease of storage and transportation and the various path-
ways available for its production [27,28]. This versatility makes
ammonia an appealing candidate for integration into the energy and
industry sectors. However, considering profitability, not all countries
and districts are suitable for using ammonia as the hydrogen/energy
carrier. Previous studies have not adequately discussed conditions such
as technology selection and varying electricity market prices, which are
correlated with system efficiency and levelized cost. A trade-off can be
made according to the downstream requirement.

In this study, the ammonia-to-hydrogen (A2H) and ammonia-to-
power (A2P) pathways are formulated by considering two types of
crackers and relevant catalysts, three hydrogen purification technolo-
gies: PSA, TSA, and membrane, and four power generation technologies
through combustion with SRC, H2ICE, PEMFC, and SOFC. The techno-
economic performance of each configuration serves as the primary
evaluation metric. Instead of identifying a single optimal technological
pathway, this study aims to highlight the trade-offs among different
options, providing industry insights into selecting the most suitable
route under various conditions. Additionally, it examines how ad-
vancements in TRL and scalability factors could change the viability of
different ammonia-based energy pathways, offering a forward-looking
perspective on the future development of energy systems. The contri-
butions of this study are (1) providing the conditions of using ammonia
as the hydrogen/energy carrier through the A2H pathway to compete
with on-site hydrogen production; (2) integrating hydrogen power
generation technologies in the A2P pathway and optimizing the system
efficiency; (3) identifying the significant factors influencing the LCOH
and LCOE and highlighting future efforts.

2. Materials and methods

This section first defines the scope and boundaries of the work,
including a description of A2H and A2P pathways. Then, it introduces
the technologies involved and the specific details needed to construct
process models. Finally, in the scenario analysis, all configurations are
evaluated using key performance indicators to find the optimal solution.
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2.1. System description

Fig. 1 illustrates the schematic diagram for the ammonia-to-hy-
drogen (A2H) and ammonia-to-power (A2P) pathways. Ammonia is
imported from countries that offer competitive prices for green
ammonia because of their abundant renewable energy resources and
capabilities for large-scale transportation. Initially, the ammonia is
pressurized by a pump and sent to an ammonia cracker, where it is
heated to a high temperature to decompose into hydrogen and nitrogen
with the help of catalysts. The resulting gas from the cracker first ex-
pands in a turbine to recover energy and is then cooled before entering a
gas cleaning unit (scrubber), where water removes unreacted ammonia.
The stripped ammonia can either be further recovered or treated as
wastewater. The remaining hydrogen and nitrogen are separated using
membrane, PSA, or TSA technologies. After purification, hydrogen is
compressed to 350 bar and delivered to end users, while the retentate
flow is burned in a burner. The heat flows in the system are optimized by
a heat exchanger network (HEN) connected to a steam Rankine cycle
(SRQ) to recover available energy.

The A2H pathway involves using H2ICE, PEMFC, and SOFC to
generate electricity, with heat as a byproduct. The purity of hydrogen is
restricted for PEMFC, especially for the unreacted ammonia, which must
be reduced to parts per million levels before entering PEMFC to avoid
material degradation. In contrast, there are no strict requirements for
SOFC and H2ICE, allowing the separation process to be omitted. The
gases produced by the cracker are injected into the SOFC and H2ICE
after adjusting the pressure and temperature to satisfy the necessary
conditions. Subsequently, the off-gas is also directed to the burner.
Moreover, the resulting gas can be burned directly, providing heat to
HEN to integrate a SRC. It should be noted that devices such as heaters,
coolers, pumps, compressors, and turbines are used to meet the tem-
perature and pressure requirements of different processes. They are not
shown in the figure for the sake of simplicity.

Electricity
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2.2. System modeling

2.2.1. Ammonia cracker

The imported ammonia at 25 °C and 15 bar is first pressurized to 20
bar through a pump to meet the pressure requirement of the ammonia
cracker. After that, it is heated to a high temperature and sent to the
cracker, where the ammonia decomposition reaction (Eq. (1)) occurs
with the help of catalysts. This endothermic reaction is temperature-
dependent, requiring a high reaction temperature for an efficient con-
version rate. The thermodynamic conversion of ammonia primarily
depends on the temperature within the medium range of 250-450 °C,
while the conversion rate plateau occurs at temperatures above 450 °C
[29]. At these high temperatures, the reaction kinetics are crucial for
achieving near 100 % conversion. The specific reactor design and
catalyst selection are beyond the scope of this work; thus, an RGibbs
reactor in ASPEN Plus V.11 [30] is utilized to represent maximum for-
ward reaction progress. Experimental results from the reference [31]
confirm that the reaction above 450 °C can achieve thermodynamic
equilibrium conversion.

The influence of catalysts and their respective reactor designs mainly
affects reactor temperature and, subsequently the cost estimation. In
lab-scale experiments, the ruthenium (Ru) catalyst is costly and requires
a relatively lower operating temperature of 450 °C to attain a high
conversion rate, whereas the iron (Fe) catalyst is more economical but
operates at a higher temperature of 600 °C. A trade-off must be
considered when evaluating the technical and economic performance of
these two types of catalysts. The catalyst’s decomposition activity and
the volumetric flow rate of the inlet gas are used to estimate the total
amount of catalyst required. The catalyst chosen based on experimental
results aligns with the simulation in terms of operating temperature and
exhibits a similar conversion rate. After the cracker, the gas mixture is
directed to a scrubber to remove ammonia for downstream applications,
particularly PEMFC. The technical parameters of the ammonia cracker
and scrubber are presented in Table 1.

A
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Ammonia

Membrane

e e

mmonia ek Gas cleaning PSA/TSA ectricity

. Waste water
Ammonia-to-Hydrogen End users (350 bar)
i —>»| HEN SRC Electrici
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B <
H2’ N2’ umLJ Off-gas
A
NH3
Y

Hp, Ny

Membrane

Hy

W: leani PEMF
ater Gas cleaning PSA/TSA (High purity) C
Waste water Electricity
. Ammonia | Hp,Np, SOFC .
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Fig. 1. Schematic diagram of the ammonia-to-hydrogen and ammonia-to-power pathways.
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Table 1

Technical parameters of the ammonia cracker [15].
Name Value Unit
Input mass flow rate 1000 kg-h?!
Reactor type RGibbs
Operating temperature 600/450 °C
Operating pressure 20 bar
Conversion rate 98.1/91.9 %
Working pressure of the scrubber 5 bar
Pump efficiency 0.9 -
Compressor isentropic efficiency 0.8 -
Turbine isentropic efficiency 0.7 -
Mechanical efficiency 0.9 -
Decomposition activity of Ru catalyst [29] 9000 ml-h-gh
Decomposition activity of Fe catalyst [29] 6500 ml-ht.gl

2.2.2. Hydrogen separation and purification

A two-dimensional discrete membrane model is constructed based
on reference [32], as shown in Fig. 2(a). Due to differences in pressure
and concentration, the feed flow Qg is pressurized and enters the mem-
brane, where it divides into permeate flow Q,, and retentate flow Q. An
analytical model has been developed to determine the permeate and
retentate flows using Egs. (2)-(9). In each compartment, the cross-
membrane flux J, ;, is calculated first, taking into account the compo-
nents’ permeance, pressure difference, and concentration difference, as
demonstrated in Eq. (2). Permeance indicates the difficulty of a
component passing through the membrane; thus, it is preferable to have
high permeance for hydrogen and low permeance for nitrogen, and vice
versa. The ratio of the permeance of the two components defines the
membrane’s selectivity, which is another crucial characteristic. The
retentate flow Q.,, which serves as the feed flow for the next compart-
ment, is determined by subtracting the permeate flow Qp, from the feed
flow. The retentate flow in the last compartment represents the final
output retentate flow from this membrane. The permeate flow is the
total of the cross-membrane flows across all compartments.

Some assumptions are made: 1. There is no mixing along the
permeate channel. The difference in chemical potential between the two
compartments, which creates a partial pressure gradient that drives gas
transport, is not considered; 2. The separation process is isothermal; 3.
The pressure drops on both the feed and permeate sides of the membrane
are deemed negligible; 4. The permeance of gas components is pressure-
independent, enabling linear modeling of cross-membrane flux; 5. The
model assumes cross-plug flow, indicating that the concentration on the
feed side varies incrementally along the length of the membrane, while
the permeate mixes immediately after passing through the membrane; 6.
Concentration polarization effects are neglected, resulting in a uniform
concentration on both sides of the membrane.where J,; is the cross-
membrane flux of component i in the compartment n, mol-m?2s; Per;
is the permeance of component i, m01~m'2-s'1~pa’1; Preeq and Ppermeqre are
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the feed and permeate pressure, respectively, pa; Xz, is the feed flow’s
mole fraction of component i in the compartment n, —; Xj,; is the cross-
membrane flux’s mole fraction of component i in the compartment n, —.
After calculating the cross-membrane flux of each compartment, the
retentate and permeate flows are determined accordingly:

Qpn = ZJn.idA (3)
Qn=Qn—> JnidA “
Qi = Qrn-1), Xpni = Xr(n-1),i 5)

where Qp, is the permeate flow rate out of compartment n, mol-s; dA is
the membrane area of the discrete compartment, mz; Q, is the retentate
flow rate out of compartment n, mol-s; Qs is the feed flow to
compartment n, which equals to retentate flow rate Q1) from previ-
ous compartment n-1, mol-s; Xj, is the mole fraction of the feed flow to
compartment n, which equals to that of the retentate flow (X;(,_1);) from
pervious compartment n-1, —; The boundary conditions in the retentate
channel depend on the first and last compartments are:

Qs = Qpo, Qr = Qm (6)
Xii = Xpo.i, Xri = Xini )

where Qy is the input feed flow rate, mol-s!; Qyo is the feed flow rate of
the first compartment 0, m01~s'1; Q; is the output retentate flow rate,
mol-s!; Q. is the retentate flow rate of the last compartment n, mol-s;
X;; is the mole fraction of the input feed flow, —; Xz, ; is the mole fraction
of the feed flow in the first compartment 0, —; X, ; is the mole fraction of
the output retentate flow, —; X,,,; is the mole fraction of the retentate
flow in the last compartment n, —. It uses a different method to decide
the boundary conditions of the permeate channel:

Q=) Qn ®)
ZQanpn,i
Xpi = "T )

where Q, is the output permeate flow rate, mol-s; Qpn is the permeate
flow rate of each compartment, m01~s’1; X, is the mole fraction of the
output permeate flow, —; X;,; is the mole fraction of permeate flow in
each compartment, —.

Fig. 2(b) illustrates the configuration of the membrane system, which
incorporates two membranes along with auxiliary devices such as
compressors and heat exchangers. The upstream flow is cooled to 35 °C,
which falls within the economically optimal operating temperature

(b)
T Q
d Membrane 1 )

VG

Membrane 2

iQp

Fig. 2. Schematic diagram of the membrane model and membrane system configuration.

Jni = Peri(PpeeaXfni — PpermeateXini)

©)]
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range for a compressor. It is then pressurized before passing through the
membrane. The choice of pressure represents a trade-off between
membrane area and the compressor’s energy consumption, which can be
dictated by the project’s objectives. The first stage of the membrane has
concentrated most of the required substance; however, one membrane
alone is insufficient to meet the purity standards. The retentate flow
exits the membrane system, while the permeate flow proceeds to the
second stage of the membrane, which is modeled similarly. The
permeate flow is directed to storage, while the retentate flow is returned
for circulation or sent to the burner. Table 2 outlines the assumptions
used for the membrane model. It is important to note that the charac-
teristics of the membranes vary significantly due to the different mate-
rials and processing technologies. Metallic, polymeric, graphite, and
ceramic membranes each have their own advantages and disadvantages
[33]. A commercial membrane [34] with relatively higher permeability
and electrical efficiency is utilized in this work.

PSA and TSA are also considered for hydrogen/nitrogen separation.
The PSA and TSA models are built upon reference [10], where the dy-
namic model has been further simplified. A mathematical approach is
applied for both technologies, explicitly formulating only the mass
balance. In contrast, the electricity, heating, and cooling needed for the
adsorption and desorption processes rely on the operating conditions
and are estimated in the process model. The extended Langmuir model is
employed to predict adsorption equilibrium for the gas mixture:

_ _ 9uBiP;
"1y B (10
Qmi = k1 +koi T 11)
B; = ks exp (%) 12)

where q; is the equilibrium amount adsorbed of component i, mol~kg'1 ;
P; is the partial pressure of component i, bar; T is the operating tem-
perature of the bed, K; ki, kaj, k3;, and k4; are extended Langmuir
adsorption isotherm parameters.

Both PSA and TSA systems contain four beds to enable consecutive
hydrogen separation and purification operations, as the adsorption and
de-adsorption processes require time, particularly for cooling in TSA
technology. The adsorption and de-adsorption duration is 90 s for both
technologies, but TSA necessitates an additional 270 s for cooling.
Consequently, the operating time of one bed using TSA is four times
longer than that of using PSA. The extended Langmuir model defines the
adsorbent’s capacity at specific temperature and pressure conditions. In
this work, these are determined by the subsequent process. Based on the
flow rate of the gas mixture and its compositions, the amount of
adsorbent per second is estimated while considering a target purity.
Subsequently, the total quantity of adsorbent and, therefore, the bed
volume can be calculated using density and porosity. It is important to

Table 2

Technical parameters of membrane [34,35], PSA and TSA [10].
Name Value Unit
Membrane type Polymer
Working temperature 35 °C
Feed pressure 6.5 bar
H, permeability 10-1000 GPU
Selectivity between H, and Ny 100-1000 -

Adsorption isotherm parameters of 4.314/-0.0106/0.002515/ -

Hy 458
Adsorption isotherm parameters of 4.813/0.0067/5.695E-04/ -
N2 1531
Zeolite density 1160 kg-m>
Zeolite specific heat 920 JkglK
1
Zeolite porosity 0.65 -

Bed porosity 0.357 -
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note that the cooling duty of the bed is estimated based on the specific
heat of the adsorbent. Table 2 presents the assumptions for PSA and TSA.

Some assumptions are made: 1. Fluid dynamics and pressure drop in
the bed are considered negligible; only mass balance is strictly regarded.
2. The operation is isothermal, with no heat exchange between the gas,
adsorbent, and bed. The adsorbent and bed are heated or cooled to
match the temperature of the gas mixture before it enters the bed. 3.
Lumped mass transfer is treated differently, with the amount of adsor-
bent and bed volume determined by the time required to reach
isothermal adsorption equilibrium and the input flow rate. 4. The ca-
pacity of the adsorbent depends on temperature and pressure, with
adsorption temperature and pressure aligned with the upcoming
ammonia cracking process, while the de-adsorption temperature and
pressure are at ambient levels. 5. A longer cooling time is considered, as
a shorter cooling time would require a higher cooling duty or a more
efficient heat exchange design, leading to increased costs. 6. The heat-
ing, cooling, and electricity consumption of the operation are calculated
within process models.

2.2.3. Hydrogen power generation

PEMFC, SOFC, H2ICE, and SRC are considered for power generation
in the A2P pathway. Analytical models are used in process simulation,
with the PEMFC model based on references [36, 37]. According to the
Nernst equation, the reversible overpotential can be estimated:

RTpemrc n (PHz v/ Po, ) 13)

Epgmrc = Eo +

2F Piso

Eq =1.299 — 0.000846( Tpeumrc — 298.15) 14)

where Epgyrc is the reversible overpotential, V; Ey is the cell potential, V;
R is the ideal gas constant, J .mol’ MK Tpemrc is the working tempera-
ture, K; F is the Faraday constant, C-mol’l; Puy,, Po,, and Py,0, are the
partial pressure, respectively, kPa. It should be noted that the over-
potential losses (activation, ohmic, and concentration) are estimated by
the measured potential from experiments and the calculated result. The
power generation of PEMFC is determined by the reversible over-
potential and current density:

Ppevre = (Epemrc — Eioss ) JpemrcApemrc (15)
JpemrcApemrc = ZFNHZ (16)

where Ej, is the overpotential loss, V; Jpgmrc is the current density,
A-cm'z; Apgyrc is the membrane area, cmz; NHZ is the hydrogen con-
sumption rate, mol-s. It is important to note that a single-pass fuel
utilization rate of 83 % is used to estimate the hydrogen consumption
rate in the fuel cell.

To ensure a long PEMFC lifetime, high purity of hydrogen (99.9 %)
should be maintained, as nitrogen negatively affects stack performance
[38]. The SOFC model is formulated using a similar analytical frame-
work [39], and there is no strict hydrogen purity requirement. Table 3
presents the assumptions for both PEMFC and SOFC. In PEMFC and
SOFC, cooling water and swept air are utilized, respectively, to maintain
the operating temperature. Since the SOFC has no strict purity re-
quirements, 80 % of the exhaust gas is recycled back to the stack, while
the remainder is directed to the afterburner. The H2ICE model is built
according to reference [40]. A black-box method is used, where the
resulting gas from the cracker is injected into the combustion chamber
along with air. To improve the engine’s performance, combustion sta-
bility, and emissions, an air-to-fuel equivalence ratio of 2.2 is chosen.
This results in an optimal brake thermal efficiency of 41 %.

2.2.4. Energy recovery
The ammonia cracker operates at high temperatures (450 °C -
600 °C) and pressure (20 bar). The gases produced by the crackers
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Table 3

Technical parameters of PEMFC [36], SOFC [39], HEN [41], and SRC [42].
Name Value Unit
PEMFC
H, purity 99.9 %
Overpotential loss 0.31 \Y%
Current density 0.2 A-cm™
Operating temperature 65-75 °C
Operating pressure 2 bar
Fuel utilization rate 83 %
SOFC
Overpotential loss 0.16 A
Current density 0.4 A-cm
Operating temperature 680-760 °C
Operating pressure 1 bar
Fuel utilization rate 70 %
HEN
Cooling water temperature range 15-20 °C
Minimum temperature approach 5 °C
SRC
High pressure steam turbine inlet pressure 60-200 bar
Medium pressure steam turbine inlet pressure 20-80 bar
Low pressure steam turbine inlet pressure 1.5 bar
Water condensed pressure 0.05 bar

contain significant energy that can be harnessed to enhance system ef-
ficiency. Furthermore, waste heat from SOFC, burners, ICE, and multi-
stage compressors can also be utilized. This study implements a HEN
to effectively manage these hot and cold streams within the system. A
framework from a previous study [41] informs the design and optimi-
zation of the HEN for a single-period scenario. By considering the hot
and cold streams along with their temperature ranges, a mixed integer
linear programming problem aimed at minimizing energy consumption
is formulated, where mass and energy balances are considered. Addi-
tionally, it determines the optimal utility network using heat cascade
equations and pinch analysis while also focusing on minimizing in-
vestment costs. Following this framework, available and avoidable
waste heat is first assessed and transformed into a usable form [43].
Whenever there is available waste heat at temperatures exceeding
250 °C, the system can then integrate a SRC. The integration can be
represented as a series of constraints within the mixed integer pro-
gramming problem outlined in the earlier HEN framework [42]. The
design parameters of HEN and SRC are given in Table 3.

2.3. Scenario analysis

Different configurations for A2H and A2P pathways are outlined in
Table 4. This study examines two types of crackers for ammonia

Table 4
Different configurations for A2H and A2P pathways.

Name Cracker Separation Power

A2H S1 Fix bed (600 °C) Membrane -
S2 Fix bed (600 °C) PSA -
S3 Fix bed (600 °C) TSA -
S4 Membrane reactor (450 °C) Membrane -
S5 Membrane reactor (450 °C) PSA -
S6 Membrane reactor (450 °C) TSA -

A2P S7 Fix bed (600 °C) Membrane PEMFC
S8 Fix bed (600 °C) PSA PEMFC
S9 Fix bed (600 °C) TSA PEMFC
S10 Membrane reactor (450 °C) Membrane PEMFC
S11 Membrane reactor (450 °C) PSA PEMFC
S12 Membrane reactor (450 °C) TSA PEMFC
S13 Fix bed (600 °C) - SOFC
S14 Membrane reactor (450 °C) - SOFC
S15 Fix bed (600 °C) - H2ICE
s16 Membrane reactor (450 °C) - H2ICE
S17 Fix bed (600 °C) - SRC

S18 Membrane reactor (450 °C) - SRC
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decomposition. The high-temperature cracker requires cheaper iron
catalysts, whereas the relatively low-temperature cracker needs more
expensive ruthenium catalysts. Utilizing ruthenium will decrease the
heating duty of the cracker, though it is more expensive. The viability of
the novel catalyst will be presented in the next chapter. It also explores
three separation technologies: membranes, which offer a compact setup
but come with higher costs; PSA, which has a high TRL and low cost but
higher energy consumption; and TSA, which is ideal for large-scale gas
separation, particularly when waste heat is readily available. Concern-
ing the A2P pathway, established PEMFC technology is compared to
emerging SOFC technology. PEMFC requires high hydrogen purity and
minimal ammonia impurity, necessitating a separation unit and
scrubber between the cracker and the fuel cell. In contrast, SOFC tol-
erates a broader range of inlet gas compositions but is more expensive
than PEMFC. Additionally, H2ICE and SRC, where hydrogen is com-
busted in a combustion chamber, are also considered. These systems can
be retrofitted from existing configurations.

Technical and economic key performance indicators are utilized to
identify optimal configurations and are compared with competitors in
the market.

Energy efficiency:

my, LHVy,
_ 17
T = e LHV g, + Q + Par an
P
Nope = ——r——— (18)

MNH, LH VNH3 + Q

where 7y, is the system energy efficiency when producing hydrogen, —;
my, is the mass flow rate of the produced hydrogen, kg~s’1; LHVy, is the
lower heating value of hydrogen, MJ-kg; Mmym, is the mass flow rate of
the consumed ammonia, kg~s'1; Q is external heat, kW; Py, is electricity
consumption, kW; 7, is the system energy efficiency when producing
electricity, —; Py is the electricity produced, kW.

Exergy efficiency:

E.
Vi, = Moy 19)
Mg, EXne, + Q( - T_T“) + Pp
P
Yele = e (20)

My, EXng, + Q( - T—Ta)

where y;, is the system exergy efficiency when producing hydrogen, —;
Exp, is the chemical exergy of hydrogen, MJ-kg™%; Exyp, is the chemical
exergy of ammonia, MJ-kg!; T, is ambient temperature, K; T is the
required heating temperature, K; v, is the system exergy efficiency
when producing electricity, —.

Levelized cost of hydrogen (LCOH) and levelized cost of electricity
(LCOE):

CcapexCRF + Copex
LCOH=——F———=— 21
co 3600m;;,h (21)
1.CcOE — CeapexCRF + Coprx 22)
Pnu[h
i(1+1)"
CRF = 23
1+ -1 29

where Ccapgy is the capital expenditure of the system, MUSD; CRF is the
capital recovery factor, —; Copgx is the operational expenditure of the
system, MUSD; h is the annual operating hour, h; i is the discount rate, —;
n is the lifetime of the system. All assumptions for the cost estimation are
shown in Table 5.



D. Wen et al.

3. Results and discussion
3.1. Ammonia to hydrogen

In the A2H pathway, two crackers and three separation technologies
are examined and compared regarding their technical and economic
aspects. The technical performance is outlined in Table 6. Scenarios
utilizing the high-temperature cracker (S1, S2, S3) exhibit higher energy
and exergy efficiencies than those employing the relatively lower-
temperature cracker (S4, S5, S6). The highest recorded energy and
exergy efficiencies are 87.55 % and 86.09 %, respectively, in S3 when
using TSA for hydrogen separation. Although high-temperature crackers
demand more heating duty, which results in an efficiency penalty, en-
ergy recovery through a turbine, HEN, and the SRC integration can
mitigate this penalty. Additionally, high-temperature operation benefits
ammonia decomposition, yielding a higher hydrogen production rate of
over 170 kg/h compared to approximately 160 kg/h from a lower-
temperature operation. These factors contribute to the high effi-
ciencies observed. When the operating temperature of the cracker de-
creases from 600 °C to 450 °C, it significantly impacts systems utilizing
membrane and PSA, leading to an efficiency penalty of around 4 %,
contrasted with 1 % in the system using TSA.

Considering the hydrogen separation process, PSA is the most
energy-intensive, followed by membrane and TSA. To maintain the high
pressure of the resulting gas after the cracker (20 bar) for an optimal
adsorption rate, no turbine is used to recover the energy. In contrast, the
operating pressures of TSA and membranes are 1 bar and 6.5 bar,
respectively, allowing for more potential energy recovery. As a result,
the electricity consumption of scenarios using PSA is double that of TSA.
Systems utilizing membranes and PSA produce heat that can be recov-
ered through optimizing the HEN and integrating SRC, leading to
modest electricity generation of about 50 kW and further improvements
in efficiency. A scrubber purifies hydrogen using water as the adsorbent
and is placed in different locations depending on the separation tech-
nology used. Because ammonia negatively affects the membrane’s life-
span, the scrubber is positioned before membrane separation. To
minimize pressure or heat losses during scrubbing, it is located after PSA

Applied Energy 390 (2025) 125871

or TSA, which requires more water.

Fig. 3 illustrates the breakdown of CAPEX and OPEX, while Table 7
presents the specific proportions of each component within the system.
The system utilizing TSA in S3 has the highest CAPEX at 12.1 million
USD (MUSD). Aside from the fixed proportions of contingency and fee
costs (CF) and auxiliary facilities costs (AF), the process vessel contrib-
utes the most at 17.8 %, followed by the compressor at 16.4 %, the
turbine at 12.5 %, the cracker at 6.4 %, and the adsorbent at 5.2 %. The
remainder can be considered negligible. Due to the adsorbent’s time-
consuming cooling process, the operating time of TEA for each
adsorption/de-adsorption cycle is four times longer than that of PSA.
Consequently, the size of the process vessel is larger than that of other
scenarios to accommodate the same amount of resulting gas from the
cracker. Expenditure on the compressor is unavoidable due to the high-
pressure hydrogen storage requirement, which is 350 bar. The turbine
recovers significant energy from the resulting gas, reducing imported
electricity and enhancing system efficiency. However, it constitutes over
10 % of the CAPEX, while electricity represents only 3.5 % of the OPEX.
The gain is less than the loss, particularly when electricity prices are low.
Additionally, the turbine’s outlet pressure is ambient, requiring more
adsorbent in the TSA process to achieve a high conversion rate.

The system utilizing membranes in S1 has the second-highest CAPEX
of 9.2 MUSD. The compressor comprises 21.5 %, followed by the turbine
(9.7 %), HEX (9.5 %), cracker (8.5 %), SRC (5.5 %), and membrane (2.4
%). The costs of compressors are similar, as they compress comparable
amounts of hydrogen. However, the cost of the turbine is half that of S3
because, as the outlet pressure of the turbine increases, the output power
decreases, further impacting the cost. Available and accessible waste
heat is effectively utilized and converted into electricity, although at an
additional cost. It is important to note that even though the membrane
accounts for only 2.4 % of the CAPEX, its cost is significantly influenced
by its performance.

In this study, a membrane with high hydrogen permeance and
selectivity between hydrogen and nitrogen has been selected, leading to
a reduced membrane area needed to achieve a high hydrogen conver-
sion rate. The membrane cost in Table 5 is derived from pilot or
commercial-scale applications, where the production scale lowers its
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Fig. 3. Breakdown of CAPEX and OPEX of scenarios in the A2H pathway.
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Table 5
Assumptions for the cost estimation’.
Name Value Unit Year Ref.
Lifetime of the plant 30 y -
Operating hour per year 8000 hr -
Discount rate 6 % -
Maintenance and 5 % of CAPEX -
manpower
PEMFC system cost” 1997 USD/kW 2016  [44]
Lifetime of PEMFC 20,000 hr [44]
SOFC cost” 2441 USD/KW 2016  [45]
Lifetime of SOFC 20,000 hr [45]
ICE cost” 1788 USD/KW 2022 [46]
Membrane cost 10-50 USD/m” 2024 [471
Lifetime of membrane 5 y
Zeolite cost” 2-10 USD/kg 2021  [48]
Lifetime of zeolite 5 y [48]
Heating cost 3.51 USD/GJ 2016 [49]
Cooling cost 4.77 USD/GJ 2016 [49]
Water cost 0.53 USD/t 2016 [49]
Ruthenium catalyst cost 500 USD/kg - [50]
Lifetime of ruthenium 5 y
catalyst
Iron catalyst cost 10 USD/kg - [50]
Lifetime of iron catalyst 5 y
Electricity price for 0.09 (Min: 0.06, Max: USDh/ 2024 [51]
industrial® 0.33) kWh
Electricity price for 0.14 (Min: 0.09, Max: UsD/ 2024 [51]
commercial® 0.38) kWh
Nitrogen price 0.25 USh/m®> 2022  [52]
Hydrogen price” 5.25 (Min: 0.7, Max: USD/kg 2024 [53]
9.8)
Ammonia priceS 0.53 (Min: 0.29, Max: USD/kg 2023 [54]
0.98)

1 As the data comes from references in different years, inflation should be
accounted for using a scaling factor, specifically the Consumer Price Index (CPI)
[55].

2 The cost of the PEMFC, based on a 10-kW system, includes stacks, balance of
plant, markup, and installation. The annual manufacturing units are 10,000,
which correlates with the cost. Stacks represent 21 % of the total cost.

% The cost of the SOFC encompasses stacks, the balance of plant, markup, and
installation, derived from a 10-kW system, with annual manufacturing units at
10,000 as well. The system size correlates with the unit cost, where the unit cost
of a 100-kW system is half that of a 10-kW system. The size effect should be
considered in cost estimation, and stacks account for 7 % to 29 % of the total
cost.

4 H2ICE is an emerging technology, and detailed cost data is currently limited.
The cost of H2ICE is assumed to be similar to that of ICE, and the refit cost is not
included.

5 The cost of zeolite correlates with its total weight, indicating that lower
weight corresponds to higher cost.

6 A total average value is utilized. Electricity prices for industrial and com-
mercial uses are applied to the cost of electricity consumption and the revenue
from net electricity production, respectively.

7 The unit is converted from USD/MMBtu (million British thermal units) to
USD/kg using the lower heating value of hydrogen, applying an average value of
8.8 USD/MMBtu equals 1 USD/kg.

8 The unit is converted from USD/short ton to USD/kg. Ammonia prices are
influenced by natural gas prices, as ammonia is primarily produced from natural
gas.
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unit cost. These factors contribute to the small proportion of the mem-
brane in the CAPEX. However, the discussion regarding membrane
performance affecting cost is beyond the scope of this work. The system
employing PSA in S2 has the lowest CAPEX at 7.0 MUSD. The difference
between S2 and S1 arises from the use of a turbine and membrane,
which adds an extra 1.1 MUSD. The OPEXs of the various scenarios are
similar because over 80 % comes from ammonia, which remains
consistent across each scenario. The maintenance and manpower
(M&M) cost is estimated using a certain percentage of CAPEX. Elec-
tricity and heating comprise about 5 % and 2.5 % of OPEX, respectively.

Fig. 4 illustrates the LCOH distribution across various scenarios in
the A2H pathway, taking into account different ammonia prices. The
bars represent cases using the average ammonia price of 0.53 USD/kg,
while the upper and lower boundaries reflect the maximum price of 0.98
USD/kg and minimum price of 0.29 USD/kg, respectively. Fluctuating
electricity prices are not discussed, as they represent only a small portion
of the OPEX. Additionally, the maximum and minimum market prices of
hydrogen are displayed in Fig. 4 to clarify the position of the A2H
pathway. The lowest market price of hydrogen, shown in green, is 0.7
USD/kg, primarily sourced from the chemical sector (mainly ammonia
and its derivatives) and refineries. These sectors contribute over 89 % of
hydrogen production, benefiting from on-site mass production and uti-
lization, which helps reduce costs. In contrast, the highest market price
is 9.8 USD/kg, particularly in the manufacture of electrical equipment,
appliances, and components, where higher purity is crucial.

The average LCOH ranges from 4.27 to 4.74 USD/kg. The lowest
LCOH, at 2.81 USD/kg, occurs in systems using a high-temperature
cracker and PSA for separation, while the highest LCOH, at 7.59 USD/
kg, is found in systems using a low-temperature cracker and TSA for
separation. Different separation technologies lead to a significant
disparity in CAPEX, but the variation in LCOH is not as pronounced as in
CAPEX due to the inverse relationship in efficiency. The LCOH is
influenced by the energy source, whether from fossil fuels or renewable
energy, as well as requirements like purity and storage conditions.
Electricity costs represent the largest portion of LCOH when employing
water electrolysis. The LCOH from renewable-driven water electrolysis
ranged from 3 to 8 USD/kg, according to referenced data [56].
Considering that 1 kg of hydrogen can produce nearly 5.6 kg of
ammonia, and given that the lowest LCOH is 3 USD/kg, the cost of
ammonia is estimated to exceed 0.53 USD/kg. The lowest ammonia
price is achieved with natural gas as the feedstock, making it not directly
comparable to the LCOH from renewable sources.

The optimal solution, considering various LCOHs worldwide, is for
countries with lower electricity prices, even at zero cost, to leverage
their abundant renewable energy for large-scale hydrogen production
through water electrolysis, subsequently utilizing ammonia as the
hydrogen carrier. Due to the scale effect of production, the LCOH can be
further reduced. Additionally, by coordinating the scheduling of elec-
trolysis stacks, the penetration of renewable energy will increase, aiding
in their carbon neutrality goals. Ammonia can then be exported to
countries with higher electricity prices. In these nations, the LCOH from
on-site water electrolysis is high, and using natural gas incurs additional
environmental costs, and importing hydrogen requires consideration of
transportation costs and safety issues. Therefore, importing ammonia at

Table 6
Technical performance of scenarios in the A2H pathway.
Ammonia Hydrogen Water Electricity Electricity generation Heating Cooling Energy Exergy
input output consumption consumption (SRC) duty duty efficiency efficiency
kg/h kg/h kg/h kw kw kw kw
S1 1000 172.4 1708.9 459.4 62.3 1060.7 269.0 86.75 % 84.90 %
S2 1000 170.6 6544.2 593.2 54.1 880.7 274.7 86.34 % 83.98 %
S3 1000 174.1 6652.3 261.4 - 1200.7 405.2 87.55 % 86.09 %
S4 1000 161.6 2542.7 450.1 41.2 927.5 190.2 82.83 % 81.48 %
S5 1000 159.9 8461.1 556.1 42.8 807.5 226.1 82.16 % 80.48 %
S6 1000 162.6 8572.7 288.6 - 997.5 187.1 86.75 % 84.90 %

10
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Table 7
Breakdown of CAPEX and OPEX of scenarios in the A2H pathway.
Compressor Pump Turbine HEX Cracker Process vessel SRC Catalyst Adsorbent Membrane
S1 21.5% 0.2 % 9.7 % 9.5 % 8.5% 21 % 5.5% 0.1 % - 2.4%
S2 27.5% 0.1 % - 11.3% 111 % 2.4 % 6.6 % 0.2 % 0.3 % -
S3 16.4 % 0.1 % 125 % 1.0 % 6.4 % 17.8 % - 0.1 % 5.2% -
S4 20.5 % 0.3% 8.9 % 7.4% 8.5% 21% 4.4 % 5.0 % - 2.4%
S5 24.2 % 0.1 % - 10.6 % 10.3 % 2.3 % 5.5% 6.1 % 0.3 % -
S6 159 % 0.1 % 12.0 % 0.9 % 6.6 % 14.8 % - 3.9% 5.3 % -
CF AF CAPEX Heating Cooling Water Electricity NHj3 M&M OPEX
(MUSD) (MUSD)
s1 10.7 % 29.8 % 9.2 2.6 % 0.9 % 0.2 % 5.4 % 82.3 % 8.6 % 5.3
S2 10.7 % 29.8 % 7.0 22% 0.9 % 0.7 % 7.3% 82.3 % 6.6 % 5.3
S3 10.7 % 29.8 % 12.1 29% 1.3% 0.7 % 3.5% 80.5 % 11.1 % 5.4
S4 10.7 % 29.8 % 8.6 2.3 % 0.6 % 0.3 % 5.6 % 83.0 % 8.2% 5.3
S5 10.7 % 29.8 % 7.1 2.0% 0.8 % 0.9 % 7.0 % 82.6 % 6.7 % 5.3
S6 10.7 % 29.8 % 11.1 2.5% 0.6 % 0.9 % 3.9% 81.7 % 10.4 % 5.4

Table 8
Technical performance of scenarios in the A2P pathway.
Ammonia input ~ Water consumption  Electricity Electricity Generation (SRC)  Heating duty  Cooling duty = Energy efficiency  Exergy efficiency
generation
kg/h kg/h kw kw kw kw
S7 1000 1708.9 2996.2 343.5 870.7 1000.0 55.32 % 54.59 %
S8 1000 6544.2 2824.2 415.3 870.7 1094.8 53.66 % 52.96 %
S9 1000 6652.3 3227.2 230.4 870.7 1060.6 57.27 % 56.52 %
S10 1000 2542.7 2789.2 309.6 797.5 918.5 51.96 % 51.68 %
S11 1000 8461.1 2647.3 3789 797.5 996.7 50.74 % 50.47 %
S12 1000 8572.7 2968.6 251.7 797.5 870.5 53.99 % 53.70 %
S13 1000 - 4114.4 203.1 1040.7 268.7 69.55 % 69.09 %
S14 1000 - 3818.0 229.4 967.5 252.2 65.98 % 66.04 %
S15 1000 - 2290.5 964.5 870.7 1839.0 53.91 % 53.21 %
S16 1000 - 2147.1 1053.8 805.5 1987.5 53.60 % 53.32 %
S17 1000 - 3439 1749.7 870.7 2214.6 34.68 % 34.22%
S18 1000 - 276.6 1703.2 797.5 2139.0 33.20 % 33.02 %

Table 9
Breakdown of CAPEX and OPEX of scenarios in the A2P pathway.
Comp. Pump Turbine HEX Cracker Burner Process SRC FC/ICE Catalyst Adsorbent
vessel
S7 1.4 % 0.1 % 5.4 % 11.4 % 4.7 % 11.7 % 1.2% 9.8 % 12.5% 0.1 % -
S8 1.4 % 0.1 % - 141 % 4.9 % 122 % 1.1% 12.6 % 129 % 0.1 % 0.2%
S9 1.1% 0.1 % 7.4 % 7.2% 3.8% 9.4 % 10.5 % 6.9 % 10.1 % 0.1 % 3.1%
S10 1.3 % 0.2 % 4.7 % 10.1 % 4.5 % 11.8 % 1.1% 9.8 % 12.2% 2.7 % -
S11 1.3 % 0.1 % - 13.7 % 4.6 % 12.0 % 1.0 % 11.7 % 12.3 % 2.7 % 0.1 %
S12 1.0 % 0.1 % 6.6 % 7.9 % 3.6 % 9.4 % 8.1% 8.2% 9.8 % 21 % 2.9 %
S13 0.6 % 0.1 % 7.0 % 19.3 % 3.9% 6.5 % 0.3 % 6.8 % 149 % 0.1 % -
S14 0.5 % 0.0 % 5.8% 20.2 % 3.4% 5.9 % 0.3 % 8.0 % 13.3 % 2.0% -
S15 - 0.1 % - 19.4 % 7.8 % - - 25.2% 6.9 % 0.1 % -
S16 - 0.1 % - 19.2% 6.7 % - - 23.6 % 6.0 % 3.9% -
S17 - 0.0 %- 6.8 % 16.7 % 3.5% 12.4 % - 20.1 % - 0.1 % -
S18 - 0.0 %- 6.0 % 16.1 % 3.3 % 121 % - 20.1 % - 1.9 % -
Membrane CF AF CAPEX Heating Cooling Water NHj; M&M OPEX
(MUSD) (MUSD)
S7 1.3% 10.7 % 29.8 % 16.5 21% 3.3 % 0.0 % 79.7 % 15.0 % 5.5
S8 - 10.7 % 29.8 % 15.8 21 % 3.6 % 0.5 % 79.4 % 14.4 % 5.5
S9 - 10.7 % 29.8 % 20.5 2.0% 3.3% 0.5 % 76.3 % 17.9% 5.7
S10 1.3% 10.7 % 29.8 % 16.3 1.9% 3.0% 0.1 % 80.1 % 149 % 5.5
S11 - 10.7 % 29.8 % 16.0 1.9% 3.3 % 0.7 % 79.5 % 14.6 % 5.5
S12 - 10.7 % 29.8 % 20.4 1.9% 2.7 % 0.7 % 76.8 % 17.9 % 5.7
S13 - 10.7 % 29.8 % 19.9 2.5% 0.9 % - 78.8 % 17.9 % 5.6
S14 - 10.7 % 29.8 % 21.3 23 % 0.8 % - 77.9 % 19.0 % 5.6
S15 - 10.7 % 29.8 % 9.9 22% 6.2 % - 82.3 % 9.3 % 5.3
S16 - 10.7 % 29.8 % 11.0 2.0 % 6.6 % - 81.2% 10.2 % 5.4
S17 - 10.7 % 29.8 % 22.4 1.9% 6.6 % - 72.8 % 18.6 % 6.0
S18 - 10.7 % 29.8 % 22.4 1.8 % 6.4 % - 73.1 % 18.7 % 6.0
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Fig. 4. LCOH distribution of different scenarios in the A2H pathway, consid-
ering different ammonia prices.

a low price becomes the most viable solution for them. Based on the
electricity price in a country, it can be easily determined whether on-site
hydrogen production or ammonia import is more suitable, along with
the corresponding pricing.

A sensitivity analysis was conducted for different system sizes, and
the relevant LCOH distribution is shown in Fig. 5. As the system size
increases, there is an initial sharp decrease in LCOH, after which the
slope flattens. The elbow point occurs at 2000 kg of ammonia per hour.
Beyond this point, the size effect is not significant, as the decrease in
LCOH is around 5 %. In a small-scale system, the configuration using
PSA in S2 and S5 has the lowest LCOH, followed by the membrane and
TSA technologies. Due to the small cracker, separation technologies
dominate the costs at this stage. Conversely, in a large-scale system, the
differences between high and low-temperature crackers become more
pronounced. Surprisingly, the large-scale system utilizing membranes
emerges as the best option compared to PSA or TSA. Although CAPEX is
not linearly correlated with size, electricity costs are. As a result, the
share of electricity costs in LCOH increases as the system expands. The
PSA system consumes more electricity, leading to higher electricity ex-
penses, which makes it less competitive for large-scale applications. TSA
could be a viable option for large-scale applications if it can effectively
reduce the system size, for instance, by increasing the operating pressure
to condense the resulting gas.
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Fig. 5. LCOH distribution regarding different system sizes.
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In summary, while using a high-temperature (600 °C) cracker results
in a higher CAPEX, the LCOH is lower than that of a low-temperature
(450 °C) cracker due to its higher efficiency. The choice of separation
technology depends on specific requirements and conditions. The PSA
system has the lowest CAPEX and LCOH; however, it is more energy-
intensive, resulting in the lowest system efficiency. Conversely, the
membrane system is suitable for large-scale applications due to its lower
energy consumption. The TSA system, on the other hand, offers the
highest efficiency at the greatest cost. A win-win option for the A2H
pathway involves producing renewable-driven hydrogen and ammonia
in countries with lower electricity prices and selling the ammonia to
nations with higher electricity prices. By considering the electricity
prices in a country, potential sellers or buyers of ammonia can be
identified, aiding in the development of a cost-effective hydrogen pro-
duction strategy.

3.2. Ammonia to power

In the A2P pathway, ammonia first decomposes into hydrogen. The
integration of separation and purification processes is influenced by the
fuel requirements of downstream hydrogen-based power generation
technologies. Four hydrogen-to-power technologies are discussed and
compared in terms of their technical and economic aspects. The effi-
ciency and electricity output are illustrated in Fig. 6, while the
remaining results are presented in Table 8.

Scenarios (S13, S14) that integrate SOFC outperform all others in
terms of energy and exergy efficiencies and electricity output, followed
by those incorporating PEMFC (S7 to S12), H2ICE (S15, S16), and SRC
(S17, S18). The highest energy and exergy efficiencies of 69.55 % and
69.09 % occur in scenario S13, respectively. In this scenario, the system
employs a high-temperature cracker without separation and purification
processes, along with a high-temperature SOFC and an afterburner.
Although this requires a higher heating duty from the cracker and SOFC,
resulting in an energy penalty, it benefits from an increased hydrogen
production rate for downstream power generation and enhanced SOFC
efficiency. Electricity generation through SRC is minimal, around
200-230 kW. As a result of the greater efficiency of SOFC, the unreacted
hydrogen in the off-gas is lower than in other scenarios, which lessens
the heating from the afterburner. Additionally, the high-temperature
heating demands of the cracker and SOFC are significant. Both factors
contribute to reduced available waste heat for SRC and lower electricity
generation.

PEMFC has strict fuel intake requirements, particularly regarding
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Fig. 6. Efficiency and Electricity output of different scenarios in the
A2P pathway.



D. Wen et al.

ammonia removal. In S7-S12, the systems maintain the same configu-
rations as S1-S6 while incorporating a PEMFC. Because PEMFC is rela-
tively less efficient than SOFC, the total efficiency has a maximum
reduction of around 20 %. Although it produces more electricity through
SRC due to a higher hydrogen content in the off-gas and a lower heating
demand, this compensation is insufficient when considering the
250-420 kW range versus 2600-3200 kW from PEMFC. Systems with
H2ICE in S15 and S16 have a comparable efficiency level of 53 % to that
of PEMFC systems, although the efficiency of H2ICE is less than that of
the fuel cells. The waste heat recovery from the exhaust largely offsets
this reduction. In S17 and S18, the gas produced by the cracker is
directed straight to the afterburner, which supplies the heat to power the
SRC. This scenario leads to a low efficiency of about 33-34 % due to
significant heat exchange.

Fig. 7 shows the breakdown of CAPEX and OPEX for scenarios in the
A2P pathway, while Table 9 outlines the specific proportion of each
component in the system. The system integrating H2ICE in S15 and S16
has the lowest CAPEX at 9.9 MUSD, whereas the use of SRC in S17 and
S18 alone incurs the highest CAPEX at 22.4 MUSD. The largest portion of
CAPEX for the system using H2ICE in S15 is attributed to SRC (25.2 %),
followed by HEX (19.4 %), cracker (7.8 %), and H2ICE (6.9 %). The
remaining components collectively account for less than 2 % and are
negligible. The significant amount of waste heat makes the relevant
costs of SRC and HEX the primary contributors to CAPEX. The cost of the
cracker remains unchanged, while H2ICE makes up a small fraction of
the CAPEX. This is largely due to the conservative estimation of the unit
cost for H2ICE, which arises from using gasoline in the engine due to
data limitations. In reality, hydrogen combustion raises concerns about
NOx emissions, flammability, material compatibility issues, and safety
risks, all of which will lead to additional costs for H2ICE. Moreover,
using the same amount of hydrogen results in decreased electricity
output from H2ICE, resulting in a relatively smaller device requirement.
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For the system directly integrating SRC in S17, the ranking is SRC (20.1
%), HEX (16.7 %), burner (12.4 %), turbine (6.8 %), and cracker (3.5 %).
Nearly half of the expenses are allocated to combustion, heat exchange,
and power generation. Considering the high cost of the turbine and the
low system efficiency, this option is not cost-effective.

The fuel cell technologies, which demonstrate higher system effi-
ciency, have costs that fall between using SRC alone and H2ICE. The
system with SOFC incurs the second-highest CAPEX. In S13, the CAPEX
is 19.9 MUSD compared to 15.8 MUSD in S8 with PEMFC. The contri-
butions are in the order of HEX (19.3 %), fuel cell system (14.9 %),
turbine (7.0 %), SRC (6.8 %), burner (6.5 %), and cracker (3.9 %). Due to
the high-temperature operation of SOFC and considering the different
inlet temperatures of the anode and cathode, the heat exchanger
network is larger than in other systems. Additionally, the use of SRC
results in an expanded heat exchange network. These factors combine to
make HEX the largest contributor to CAPEX. Fuel cell systems, not just
the stacks, account for nearly 15 % of the CAPEX. The stack’s lifetime
affects the frequency of replacement, with the stack’s lifetime used in
this work being 20,000 h, which is significantly less than that of H2ICE.
This results in a substantial share of the CAPEX, even though the stacks
represent only 21 % of the total cost.

Additionally, the unit cost presented in Table 5 is uncertain due to
factors such as the number of annual manufacturing units, the size of the
stack, the system size (which affects back-end costs), and the lifespan, all
of which significantly influence the costs. For example, the system size
correlates with unit cost, with the unit cost of a 100-kW system being
half that of a 10-kW system [45]. It is crucial to note that the costs of
SOFC and PEMFC used in this study are sourced from the U.S. Depart-
ment of Energy, making them comparable. The PEMFC system in S8
demonstrates a reduction in costs. HEX still represents the largest share,
but its ratio decreases to 14.1 %, followed by the fuel cell system at 12.9
%, the SRC at 12.6 %, the burner at 12.2 %, and the cracker at 4.9 %. Due
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to the low-temperature operation of PEMFC, which is below 100 °C, the
heat exchange area is minimized. The unreacted hydrogen in the off-gas
is greater than that of SOFC due to efficiency, resulting in a larger burner
and SRC. Utilizing SRC is less cost-effective, given the additional elec-
tricity it produces.

Fig. 8 illustrates the LCOE distribution across various scenarios
within the A2P pathway, considering different ammonia prices similar
to LCOH. The maximum and minimum market prices for electricity are
shown at 0.09 and 0.38 USD/kWh, respectively, while the average LCOE
ranges from 0.203 to 0.481 USD/kWh. The lowest LCOE, at 0.145 USD/
kWh, occurs in the system employing a high-temperature cracker and
SOFC without the separation and purification process in S13, while the
highest LCOE, at 0.715 USD/kWh, results from the system directly
integrating with SRC in S18. Due to SOFC’s high efficiency, the LCOE is
the lowest, differing from the CAPEX ranking.

Due to the low CAPEX of the system using H2ICE, S15 and S16 also
show a competitive LCOE compared to market prices. Systems with
PEMFC incur penalties from the separation and purification process, but
most of the LCOE remains below the maximum market price. The LCOE
for a system using hydrogen fuel cells equipped with a methanol/
ammonia reformer ranges from 500 to 800 EUR/MWh, according to
reference [57]. In contrast, the LCOE for a system using direct meth-
anol/ammonia fuel cells is estimated to lie between 1000 and 1500
EUR/MWh. The primary reason for the high cost associated with direct
methanol/ammonia fuel cells is their low efficiency, which stands at
42.4 % compared to 60 % for hydrogen fuel cells. The LCOE in this work
is more competitive when utilizing SOFC due to the higher efficiency of
the ammonia cracker and fuel cells, as well as the efficiency improve-
ments from HEN and SRC. H2ICE is another option because of the low
cost of retrofitting from existing infrastructure.

Fig. 9 illustrates the sensitivity analysis of the LCOE, measured as a
function of ammonia input (kg/h) across various scenarios (S7-S18).
The results indicate a sharp initial decline in LCOE with increasing
ammonia input, with the slope gradually flattening beyond 2000 kg/h,
signifying the elbow point where the size effect becomes less significant.
In every size scenario, directly using SRC (S17 and S18) is the worst case,
while utilizing the cracker integrated with SOFC is the best option due to
its high efficiency. Efficiency is the most critical cost factor, particularly
for a large-scale system. In a small-scale system, the system using H2ICE
has a lower LCOE than most systems utilizing PEMFC, even SOFC, but a
higher LCOE in a large-scale context, emphasizing the importance of
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efficiency.

In summary, while the SOFC-based system has a higher CAPEX, its
superior efficiency results in the lowest LCOE, making it the most viable
option for ammonia-to-power applications. The H2ICE-based system
also has a comparable LCOE due to its low CAPEX and effective heat
recovery. Conversely, directly burning hydrogen in the afterburner and
utilizing the heat in SRC proves to be the least efficient and cost-effective
option. Efficiency is the most critical factor affecting costs in large-scale
applications. Additionally, the separation and purification process in the
PEMFC-based system significantly impacts both system efficiency and
LCOE.

4. Conclusions

This study systematically evaluates the ammonia-to-hydrogen (A2H)
and ammonia-to-power (A2P) pathways by analyzing various configu-
rations of crackers, separation units, and power generation technologies
regarding their technical and economic performance. The findings
provide valuable insights into optimal design choices for hydrogen
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Fig. 8. LCOE distribution of different scenarios in the A2P pathway, considering different ammonia prices.
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production and power generation from ammonia, considering both ef-
ficiency and cost-effectiveness.

In the A2H pathway, high-temperature crackers demonstrate supe-
rior energy and exergy efficiencies, exceeding 85 %, compared to lower-
temperature crackers. This is primarily due to enhanced ammonia
decomposition rates and effective energy recovery mechanisms. Among
separation technologies, using TSA incurs less efficiency penalty but
requires higher costs, while PSA has the lowest CAPEX and LCOH (2.81
USD/kg), rendering it a cost-effective choice despite its increased energy
consumption and lower efficiency. Membrane-based separation,
although having a moderate CAPEX, becomes increasingly attractive for
large-scale applications because of its less energy consumption. This
work also highlights the economic advantage of producing hydrogen in
regions with lower electricity prices while exporting ammonia to areas
with high electricity prices, facilitating a cost-effective hydrogen supply
chain.

In the A2P pathway, the incorporation of fuel cell technologies
significantly influences overall efficiency and economic viability. Sys-
tems employing high-temperature SOFC achieve the highest energy and
exergy efficiencies, with energy efficiencies reaching up to 69.55 %.
Despite their higher CAPEX, SOFC-based systems yield the lowest LCOE
of 0.15 USD/kWh, making them the most viable option for A2P appli-
cations. Although integrating PEMFC or H2ICE has a lower CAPEX, they
are limited by less electricity output, highlighting the essential role of
efficiency enhancement. Directly burning hydrogen in an afterburner
and utilizing the heat for SRC power generation results in the lowest
efficiency and highest LCOE, making it the least favorable option.

Overall, this work provides a comprehensive techno-economic
assessment of ammonia-based hydrogen and power production, offer-
ing valuable guidance for designing efficient and cost-effective energy
systems that utilize ammonia as the energy carrier. The findings suggest
that strategically deploying ammonia-based hydrogen and power tech-
nologies can facilitate a low-carbon energy transition, particularly in
regions with advantageous electricity pricing structures. Future work
could explore a price-driven flexible operation strategy. Given the
fluctuating local market prices of hydrogen, electricity, and ammonia,
the optimal scheduling of the integrated A2H and A2P systems can
become more competitive. In addition, the scale-up application of the
proposed scenario can be conducted to identify countries that are suit-
able for importing hydrogen or exporting ammonia.
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